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Abstract

The aim of this work is to investigate the energy integration and to determine the maximum efficiency of an ethanol processor for hydrogen
production and fuel cell operation. Ethanol, which can be produced from renewable feedstocks or agriculture residues, is an attractive option
as feed to a fuel processor. The fuel processor investigated is based on steam reforming, followed by high- and low-temperature shift reactors
and preferential oxidation, which are coupled to a polymeric fuel cell. Applying simulation techniques and using thermodynamic models the
performance of the complete system has been evaluated for a variety of operating conditions and possible reforming reactions pathways. These
models involve mass and energy balances, chemical equilibrium and feasible heat transfer conditions (A Ty;,). The main operating variables were
determined for those conditions. The endothermic nature of the reformer has a significant effect on the overall system efficiency. The highest energy
consumption is demanded by the reforming reactor, the evaporator and re-heater operations. To obtain an efficient integration, the heat exchanged
between the reformer outgoing streams of higher thermal level (reforming and combustion gases) and the feed stream should be maximized.
Another process variable that affects the process efficiency is the water-to-fuel ratio fed to the reformer. Large amounts of water involve large heat
exchangers and the associated heat losses.

A net electric efficiency around 35% was calculated based on the ethanol HHV. The responsibilities for the remaining 65% are: dissipation as
heat in the PEMFC cooling system (38%), energy in the flue gases (10%) and irreversibilities in compression and expansion of gases. In addition,
it has been possible to determine the self-sufficient limit conditions, and to analyze the effect on the net efficiency of the input temperatures of the
clean-up system reactors, combustion preheating, expander unit and crude ethanol as fuel.
© 2007 Elsevier B.V. All rights reserved.
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1. Introduction sources. In addition, the ethanol-to-hydrogen system has the

significant advantage of being nearly CO, neutral, since the

In the last years, fuel cells have received a growing attention
for power generation owing to their potential higher thermal
efficiency and lower CO; emissions per unit of power produced.

Many research and development projects have been con-
ducted on both the fuel cell itself and the fuel processors for
generating hydrogen. There exist several routes for hydrogen
production from the primary fuels. Ethanol presents several
advantages related to natural availability, storage and handling
safety; ethanol can be produced renewably from several biomass
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produced carbon dioxide is consumed for biomass growth, thus
offering a nearly closed carbon loop [1].

Steam reforming [2-6] and autothermal reforming [7-9]
are being considered as alternative processes for converting
alcohols to hydrogen. The aim of this work is to investigate
the energy integration of an ethanol fuel processor consider-
ing steam reforming coupled to a polymeric fuel cell. Proton
exchange membrane (PEM) fuel cells for stationary applications
are highly integrated systems, including the fuel processor, the
fuel cell itself and the post-combustion unit [10,11]. Process
design therefore has a great impact on the total system per-
formance. The goal of this paper is to analyze and improve
the fuel cell system (FCS) performance by simulation tech-
niques. As a starting point for design, the hypothetical system
proposed in Little [12] has been used as a reference case in
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Nomenclature

ERev reversible open circuit voltage (V)

Egev reversible potential at standard pressure (V)
S)OL molar flow of ethanol to the reformer (kmols~!)
Bum - molar flow of ethanol to burn (kmol s 1)

F Faraday constant (96,487 C mol~1)

lcenn cell current (A)

LHVEoL lower heating value of ethanol
(1235470 kJ kmol 1)

Pcen cell power (kW)

Pcomp power compressor (kW)

Psystem net power produced by the fuel cell system (kW)

Prur power expander (kW)

Opem  heat generate from the fuel cell (kW)
Ocooler heat to remove from the system (kW)
R water to ethanol molar ratio

R, molar or ‘universal’ gas constant

TRref reforming temperature (°C)
Tcen cell temperature (°C)
Vel cell voltage (V)

Wpasr work of the water pump (kW)
EtOL

WPSmp work of the ethanol pump (kW)

Greek letters

nc cooling system efficiency

NECS fuel cell system efficiency

Fp fuel processor efficiency

[0 overpotential (V)

Subscripts

a anode

c cathode

Superscripts

in input

out output

HHV  higher heating value

LHV  lower heating value

order to analyze the sensitivity of the main decision parame-
ters and to determine the major integration bottlenecks. This
step also aims at understanding the influence of constraints and
evaluating their importance on the system performance. The sys-
tem includes an ethanol steam reforming (ESR), water gas shift
(WGS) and preferential oxidation (PrOx) reactors for the fuel
processing, followed by a proton exchange membrane cell stack
(PEMFC) and a post-combustion unit. It is intended to study
the influence of the following operating variables and configu-
rations on the integrated system efficiency: operating conditions
of the reformer, effect of the inlet temperature to the WGS and
PrOx reactors, combustion preheating, expander unit, and crude
ethanol as fuel.

Few works have addressed the thermodynamic analysis of
ethanol processors [13—15]. Ioannides [13] analyzed the ethanol
steam reforming but without considering process integration.
Song et al. [14] investigated an integrated ethanol fuelled pro-
ton exchange membrane fuel cell by exergy analysis. Oriicii et al.
[15] considered the catalytic conversion of ethanol to hydrogen
by indirect partial oxidation. Lyubovsky and Walsh [7] described
a fuel processor based on methanol autothermal reforming reac-
tor operating at high pressures followed by membrane-based
hydrogen separation.

Process simulation software has been widely used for eval-
uating fuel cell systems performance [16—18]. In this work, a
commercial simulator was used to solve the mass and energy
balances, and to compute the operating conditions for the pro-
cess units. The process under study was implemented within
HYSYS flow sheeting software [19]. Maximum heat integra-
tion within the system is necessary to achieve acceptable net
electrical efficiency levels. The use of process integration tech-
niques applying pinch analysis has already been reported for
the design of a heat exchange network for integrated PEM fuel
cell systems [10,11,20]. In this paper, the heat exchanger net-
work involving the reformer, burner, gas cleaning units and the
PEMEFC stack was modeled using the LNG exchanger model
within HYSYS. This allows identifying the most successful heat
exchange opportunities, and to define the optimal operating con-
ditions of the ethanol processor for obtaining the best overall
efficiency considering the plant balance. The analysis here con-
sidered will serve as a basis for further process design including
the optimal structure determination.

2. Description of the ethanol processor

The fuel cell system includes a fuel processor, which
chemically converts ethanol to hydrogen, a hydrogen cleanup
equipment, a fuel cell stack, which electrochemically converts
the hydrogen energy to electric power, associated equipment for
heat, air and water management, and auxiliary equipment such
as pumps and blowers.

The fuel processing process has been built according to Little
[12]. Fig. 1 shows the main components: ethanol steam reformer
(ESR), high (HTS) and low (LTS) temperature water gas shift
reactors, a preferential oxidation reactor of CO (PrOx), a proton
exchange membrane fuel cell (PEMFC), a combustor, compres-
sors and an expander.

As this simulation case was developed for system design, the
pressure drops are neglected and the operating pressure is fixed
at 3 atm.

The inlet flows depicted in Fig. 1 are the following: Stream
#01 is the ethanol flow provided at 25 °C. Stream #02 is the
water flow required for the steam reformer whose flow rate is
controlled by the water to ethanol molar ratio. Stream #30 is
the airflow required for the operation of combustor, fuel cell
and the PrOx unit. In the integrated system, the air compres-
sor will be driven by a turbine expanding the post combustion
gases.

The compressor, expander and pumps isentropic efficiencies
are 75%. The inlet air conditions are 1 atm, 25 °C.
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Fig. 1. Fuel cell system components and their heat exchange needs.

2.1. Ethanol steam reforming

In order to generate a hydrogen-rich stream from a fuel pro-
cessor, ethanol is converted in a reforming unit that involves
steam reforming (feed is composed of fuel and steam). Thermo-
dynamic studies [21-23] have shown that the steam reforming of
ethanol is feasible being methane, carbon oxides and hydrogen
the main products. The steam reforming of alcohols for hydro-
gen production involves a complex multiple reaction system,
the purity of a hydrogen product is affected by many undesir-
able side reactions [2,3]. Therefore, hydrogen yield is closely
related to the process variables such as pressure, temperature,
reactants ratio, and on the catalyst being used.

In the present study two possible pathways are considered.
The first analyzed route (case A) considers that the reformer
performs the following reactions according to the mechanism
proposed by Benito et al. [4] for a Co/ZrO; catalyst:

Ethanol dehydrogenation

C,HsOH — CH3CHO + Hy, AH98 = 71kJ/mol 1)
Acetaldehyde decomposition

CH3CHO — CH4 + CO, AH®93 = —21.9kJ/mol 2)
Methane steam reforming

CHs + Hy0 <> CO+3Ha, AH°g = 206.14kJ/mol  (3)

Water gas shift (WGS):

CO + HyO <> COy +Hy, AH98 = —4.1kJ/mol “4)

To achieve a good yield following this reaction scheme, it is
necessary to operate at high temperature (>550 °C) in order to
favor the methane steam reforming reaction.

A second proposal (case B) considers the equilibrium com-
position of the water gas shift reaction (4) and the endothermic

ethanol decomposition reaction:
CH50H + 3H,0 <« 2CO; + 3Hy,
AH®98 = 170.41 kJ/mol 4)

This pathway is an ideal case where no intermediate com-
pounds are formed. This scheme was previously analyzed by
Song et al. [14]. In both cases, all reactions are supposed to be
at equilibrium.

The reactor is supposed to be isothermal, meaning that
heat has to be supplied to maintain the temperature in
the reactor from an external energy source. In conventional
tubular steam reforming, the energy to drive the endother-
mic reforming reactions is supplied by external heating
through the tube wall, generally through combustion of a
portion of the fuel. In this study, the reforming temperature
(Trer) and the water to ethanol molar ratio (R) have been
considered as being the major decision variables for the analy-
sis.

The thermodynamic behavior of both pathways is different.
In a reformer unit the hydrogen yield depends on the water-to-
ethanol molar ratio, temperature and pressure. In Case A, H»
production is favored by higher molar ratios and higher temper-
atures. At R=20 and Trer =900 °C, 5.48 mol of H, per mol of
ethanol fed to the reformer is produced. The presence of methane
as intermediate requires higher temperatures to achieve a better
yield.

For the other case, the maximum yield occurs at lower tem-
peratures. At R=20 and Trer =300 °C, it is produced 5.98 mol
of Hj per mol of ethanol. These values obtained by thermody-
namic analysis correspond to a pressure of 3 atm. In both cases
higher water-to-ethanol ratios resulted in better yields. However,
optimal operating conditions will be determined by a global
efficiency analysis.
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2.2. Water gas shift reactors

CO produced from reforming reactions must be brought down
to ppm levels because it gets adsorbed on the noble catalyst
of the PEMFC and poisons it. This task is partially accom-
plished by water gas shift reactors. These units proceed with
the exothermal WGS reaction that is supposed to be at equi-
librium. This step also leads to additional Hp generation. The
water gas shift reaction is usually carried out in two adiabatic
shift reactors in series with an inter-cooler in between to remove
the heat of reaction of the exothermic water gas shift reaction.
The fist-stage reactor typically operates at 350-500 °C and is
called the high-temperature shift (HTS) reactor. The HTS reac-
tor uses a chromiun-promoted iron oxide catalyst. The second
stage is a low-temperature shift (LTS) reactor, which operates at
150-250 °C, using a copper—zinc catalyst supported on alumina.
The LTS is capable of achieving a residual CO concentration in
the order of 0.5-1.5 dry vol.%.

Performance of these units depends on input concentration
of CO and H,O/CO ratio. Such variables are related to R, Tref
and the reformer reaction pathway. Besides, input temperatures
affect performance because they modify the output temperature
varying the CO conversion.

2.3. Preferential oxidation reactor

Chemical equilibrium limits the conversion achieved in the
WGS reactor, thus, final CO cleanup occurs in a preferential
oxidation (PrOx) unit in which the desired reaction is the oxida-
tion of carbon monoxide. This reactor is required to reach a very
low level of CO content in the fuel stream at the fuel cell inlet
in order to avoid fuel cell catalyst poisoning. It uses oxygen to
proceed with the following reaction:

CO + 10, — CO,.

Unfortunately, the selectivity of the catalyst will not avoid
the combustion of some hydrogen in the gas stream with the
following reaction:

H; + %02 — H,O.

The airflow rate (stream #11) is computed as a function of
the CO flow rate assuming two moles of O> per mole of CO.
In the model, the CO oxidation is completed until it achieves
10 ppm at the reactor outlet. The remaining O, reacts totally
with hydrogen, which represents a selectivity (mol H, consumed
per mol CO consumed) of about 3. An adiabatic operation has
been considered for the PrOx reactor. Performance of this reactor
depends on the CO inlet concentration that is related to R and
TRer in the steam reformer.

2.4. Proton exchange membrane fuel cell stack model

The fuel cell stack model is equilibrium based and adopted
from Godat and Marechal [10]. The ideal unit cell voltage is

computed as follows:

RgTcen
2F

Erey = Ede, (Tean) + NPy + 5 05,0 ©
Here, ERey is the cell voltage adjusted to the cell temperature
(Tcen), Pﬁz,a and sz,c are the partial pressures of the Hp and
O, averaged (arithmetic mean) between the inlet and outlet
conditions.

Useful work (electrical energy) is obtained from a fuel cell
only when a current is drawn, but the actual cell voltage (Vicey1) is
decreased from its equilibrium thermodynamic potential (ERey)
because of irreversible losses. When current flows, a devia-
tion from the thermodynamic potential occurs corresponding
to the electrical work performed by the cell. Therefore, the
expression of the voltage of a single cell is Vel = ERev — ¢,
where ¢ is the drop potential due to irreversibilities of the
operation, which represents the deviation from the equilibrium
value.

The actual electrical power generated by the cell (Pcep) can
then be calculated from Pcep = Vcenlcenn- We defined the oper-
ating voltage as the power level at which unit cell voltage drops
to 0.5V from the ideal voltage [20].

The current [ is related with the hydrogen molar flow rate
at the anode.

lcen = 2F(fif o — f3") (@)

The fuel utilization is considered to be 80%. The PEM is
supposed to be isothermal and isobar. We considered a system
pressure of 3 atm and fuel cell temperature of 80 °C. The inlet
oxidant to the cathode is humidified to a relative humidity of 80%
and the anode inlet stream is always fed at saturated condition.
Oxygen stoichiometry is two in the calculations representing an
oxidant utilization of 50%.

In order to compute the PEM fuel cell cooling, an energy
balance is made over the cell from the inlet to the exit conditions.
The heat produced by the cell and necessary to dissipate then
becomes,

inlets outlets
Qpem = Y fihi(Tcan) = Y foho(Tcen) — Peen ®)
i=1 o=1

2.5. Post-combustion system

The depleted fuel of the PEMFC, formed by cathode and
anode outlets, is burnt off in the post combustion system. The
generated heat will be used to balance the energy requirement
of the fuel processing section. Supplementary firing of ethanol
(stream #20) will be considered if the energy content of the
depleted fuel is not sufficient to satisfy the balance. The supple-
mentary fuel requirement will be computed in order to achieve
a set of feasibility specifications. A minimum approach tem-
perature of AT=100°C in the cold side of the reformer is
first imposed. Complete and stoichiometric combustion for the
burner unit has been assumed.

After the heat exchange with the LNG unit, the exhaust gases
can be expanded in a turbine coupled to the air compressor.



J.A. Francesconi et al. / Journal of Power Sources 167 (2007) 151-161 155

Y

#28 L
g ——

#12

Stack Power

LTS

AN
#03
#02 —
- o
° LNG
#27
#01 luog| Cold Utility
#08
#10
#20 .
#13

Separator

Fig. 2. Integrated system.

Additional ethanol burning will be considered, if necessary, to
balance the air compression work requirement.

2.6. Heat exchange model

The heat exchangers have been considered in the simulation
model described above resorting to the LNG unit of HYSYS
(Fig. 2).

The LNG exchanger model is a HYSYS operation that solves
heat and material balances for multi-stream heat exchangers
and heat exchanger networks. The LNG calculations are based
on energy balances for the hot and cold fluids. Each stream is
divided using 20 intervals, and phase change is verified. In this
approach, the results of the simulation model will characterize
the hot and cold streams of the system. Table 1 summarized the
thermal requirement for the fuel processor streams connected to
the LNG unit.

The LNG unit allows analyzing the system energy integration
by means of the process integration method (or pinch technol-
ogy) [24]. Process integration studies start with the definition of
a list of hot and cold streams. The hot and cold streams define,

respectively, heat sources and heat requirements of the system
that are characterized by a heat—temperature diagram usually
specified by a heat load, an inlet and a target temperature. The
heat sources are then composed to compute the hot composite
curve that represents the heat availability in the system as a
function of the temperature. The same procedure is applied for
the cold streams to draw the cold composite curve. Considering
that the heat exchange will be technically feasible if the temper-
ature difference between the hot and cold streams will always
be superior to a predefined ATy, the maximum heat recovery
by heat exchange between the hot and the cold streams will
be obtained when the ATy, constraint is activated. This point
is called the system pinch point. By means of energy balance,
one may then compute the minimum energy requirement of the
system and the minimum heat to be evacuated from the system.
Using the composite curve calculation together with a simu-
lation model, we define the simulation of the heat exchangers
network without knowing about its configuration. With this
approach, we will be able to compute the influence of the deci-
sion variables so that the best system configuration can be then
defined.

Table 1

Fuel processor streams connected to the LNG unit

No. Type Description Tin (°C) Tout (°C)
1 Cold Water/ethanol mixture heating for the SER reaction Twmix TRef
2 Cold Anode and cathode gases from FC, preheating for the combustion 80 500
3 Cold Extra ethanol preheating for the combustion 25 300
4 Cold Air preheating for the combustion T&‘:}np 300
5 Cold Cold utility 20 25

6 Hot Stream between the SER and HTS Tref 500
7 Hot Stream between the HTS and LTS TS 150
8 Hot Stream between the LTS and PrOx Tf‘Tlg 237
9 Hot Stream between the PrOx and the PEM inlet T3S 80
10 Hot Combustion gases after ESR to gas turbine Teg T
11 Hot PEMEFC heat remove 65 55
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2.7. Definition of efficiencies

The overall efficiency of the FCS is defined here as the net
energy output of the system obtained from the gross output by
subtracting the electrical energy needed to operate FCS aux-
iliaries such as pumps and compressors divided by the heating

value of the ethanol consumed in the fuel processor for reforming
Bum

( fg%L) and burning ( fgor)-
P System
Bum (9)
HVeoL(fgoL + fEor)

The HV factor can be the higher heating value (HHV) or the
lower heating value (LHV) of the ethanol. HHV represents the
actual amount of chemical energy in the fuel (relative to standard
conditions), while LHV neglects heat below 150 °C. Therefore,
HHYV should be compared with the mechanical and electrical
energy produced by the power system [25]. However, as LHV
value is used in numerous works is useful to report both values.

The net power of the system is computed as follows:

HV
NFcs =

Wat EtOL
P System = Peenn — WPu?n%r WPump

. QCooler
Nc

- (PCcvmp — Prur) (10)

where Wr\,ﬁﬁﬁ%r and Wg&% are the work of the water and ethanol
pumps, respectively. Qc(,oler is the heat removal from the fuel
cell system; it represents the cold utility of the process. This
heat is formed by the heat generated by the fuel cell and extra
cold utilities such as heat removal from PrOx outlet stream in the
condenser separation unit in order to meet the fuel cell operating
temperature. In the above expression, 7 is the cooling system
efficiency defined as the rate of heat removal over the electrical
power consumed by the pumps and fans associated to the refrig-
eration system [26]. We considered a cooling system efficiency
of 25%.

The processor efficiency is defined as the ratio of the heating
value of the gas stream incoming to the anode (stream #14)
divided by the sum of the heating value of the ethanol fed to
the processor (stream #02 and #20) and the tail gas purged from
the stack (stream #28). Again, the processor efficiency can be
computed based on the lower or higher heating values.

3. Results and discussions

The integrated process model has been used to determine the
optimal operating conditions to be considered in the system. The
influence of the water-to-ethanol molar ratio and reforming tem-
perature has been studied. Furthermore, the remaining reactors
temperatures were considered as variables, but the changes in
efficiency due to these variables are marginal.

As previously mentioned in Section 2.5 the procedure of
calculation to close the energy balance is the following: fixing
the water-to-ethanol molar ratio and the reforming temperature,
the simulation model determines the temperature of combustion
gases (Tcg) which leave the reformer unit (stream #23). If this
temperature is lower than Trer + AT, an extra amount of ethanol
is burned (steam #20), which is computed in order to achieve this

6.0
55
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N
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R

Fig. 3. Reactors yields vs. water-to-ethanol molar ratio.

thermal requirement (AT=100°C). Flue gases will exchange
heat with the other units, by means of the LNG operation, before
being expanded in a turbine. If the flue gases temperature, after
this heat exchange, is lower than the inlet temperature in the
turbine (73 ) necessary to balance the air compression work, a
supplementary burning of ethanol is computed.

The next subsections present results obtained considering the
reaction pathway A for the reformer. The input temperature has
been fixed at 500 °C, 150 °C and 237 °C for the first WGS reac-
tor, the second WGS reactor and the PrOx reactor, respectively
[12]. In Section 3.3, a comparative analysis between reaction
pathways A and B is considered.

3.1. Influence of the water-to-ethanol ratio

In this section, the effect of the water-to-ethanol ratio on the
net efficiency of the system will be analyzed. The Fig. 3 presents
the reactors yields and the total yield of the processor. These
yields are computed as the ratio of mol of hydrogen produced
by mol of ethanol incoming to the reformer.

Although a high reagents molar relation presents a good
yield of hydrogen, the water quantity demands extra energy in
the vaporization and reheating processes before entering to the
reformer. This extra energy is partially recovered from the hot
streams, which increase their flow rate, but heat exchanges occur
at finite temperature differences and consequently efficiency
decreases. Fig. 4 shows global efficiency and energy demand
of the evaporator, reheater and reforming reactor versus the
water-to-ethanol molar ratio at constant reforming temperature
(TRet=700°C).

Smaller molar ratios present lower efficiency because
reformer yield is lower. Besides the CO produced is increased
and the PrOx unit consumes more H» to reduce the level of CO
to the required values. At higher water-to-ethanol molar ratios,
the water excess must be evaporated and re-heated consuming
additional fuel in the reformer, diminishing then the system effi-
ciency. Due to water excess, thermodynamic equilibrium of the
water—gas-shift reaction on both HTS and LTS reactors is shift
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Fig. 4. Efficiency and energy demand vs. the water-to-ethanol molar ratio.

to hydrogen formation diminishing the CO outlet concentration.
This improves the performance of PrOx reactor, consuming less
Hp at higher R values.

3.2. Influence of reformer temperature

The effect of the reforming temperature is analyzed consider-
ing the water-to-ethanol molar ratio of 4. The yield of the reactors
(Fig. 5) show that increasing the temperature the hydrogen pro-
duction increases in the reformer, HTS and LTS units, although
the hydrogen consumed by the PrOx unit is increased too.

Fig. 6 shows the variation of the energy demand with the tem-
perature. The demand of the evaporator decreases, the reactor
increases and the reheater presents a minimum.

Operating at lower temperatures, the poor yield of hydrogen
implies a greater flow of reactive mixture needed to achieve the
target power. This superior flow increases the energy demand of
the evaporator.

The energy demand of the reformer increases because the
conversion of methane is enhanced with the temperature, pro-
ducing greater energy requirements.
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The sum of these effects produces a maximum net efficiency
of nky = 38% below 709 °C.

3.3. Effect of the pathway of the reactions

In Figs. 7 and 8, a 3D surface is presented where the global
efficiency of the system based on LHV is shown. We present
efficiency as a function of the water-to-ethanol molar ratio and
reforming temperature. Fig. 8 has the axes interchanged to clar-
ify the view of the surface.

Fig. 7 represents results for the reactions scheme A, max-
imum efficiency of nkfy = 38% occur at Trer=709°C and
R =4, and the fuel processor efficiency is nlﬁgv = 80.5%. Effi-
ciencies based on higher heating value are nggsv = 35% and
Y = 80.6%.

For the reaction pathway Case B (Fig. 8), maximum effi-

ciencies are kY =39% and nHLY = 36% at Trer=308°C

Fig. 7. Net system efficiency. Pathway A.
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and R=3.2 and the processor efficiencies are nkhY = 81.4%
and n{i%'w = 80.6%. This suggests that the effect of the catalyst
employed in the ethanol steam reforming will not affect the net
efficiency of the system, but operating conditions could vary
drastically.

From the figure, we can conclude that there is a region where
efficiencies vary insignificantly. This suggests that working at
R=4or 5 do not affect the net efficiency in a major grade. This
is consistent with practical use, where a water excess respect to
the stoichiometric values additionally prevents coke formation
and deposition onto the catalyst.

The optimal water-to-ethanol molar ratio and temperature
considering the reformer alone, does not agree with the operation
point calculated from a global efficiency analysis (Fig. 7). This
fact indicates the importance of optimizing an integrated system
rather than optimizing process units separately.

3.4. The self-sufficient limit

The self-sufficient limit of the system is the limit at which
the un-reacted hydrogen that leaves the anode and other fuels
present at the outlet of the fuel cell as CHy, allows satisfying
the energy requirement of the system. In the Fig. 9 the self-
sufficient limit divides the operating conditions in two zones. In
the zone above this limit (black line), the depleted fuel satisfies
the energy requirement of the system, even though the overall
efficiency is lower than the cases where an extra fuel is necessary
to feed the combustor. The white line indicates the temperature
that presents maximum net efficiency for each value of R. Both
lines are coincident in a brief stretch.

3.5. Composite curves

In the late 70s Pinch technology emerged as a tool for the
design of heat exchanger networks [24]. One of the most sig-

900

N - Net Efficiency
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0.2400
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cienc
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Fig. 9. The self-sufficient limit.

nificant features of pinch analysis is that it can be used to
set performance targets for a process before a detailed design.
Most importantly, these design options are evaluated in a whole-
process context to ensure that they give a global improvement.
Once a process configuration and conditions that give satisfac-
tory targets have been established, then a heat exchanger network
(HEN) is designed. The pinch design method makes this design
task relatively simple.

The system composite curves were drawn in order to give
a good view of the possibilities for a heat exchanger network
(Fig. 10). The composite curves are two curves describing the
total system cooling and heating demand, respectively, as a func-
tion of temperature intervals. Using the LNG operation we can
build the composite curves from the system. Fig. 10 shows the
composite curves of the system for the optimal operating con-
ditions of case A. Table 2 shows the input and output process
stream compositions of main process units (reactors and fuel
cell) obtained at these operating conditions.

For the LNG operation, heating and cooling demand between
reactors was calculated: all internal streams were forced to their
working temperatures, and all heating or cooling demands for
all streams were recorded (Table 3). Note that every single inlet

1100 .
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900+
ano—- Hot PinchTemperature: 70 °C
1 Cold Pinch Temperature: 95 °C
__ 7004 Min. Approach: 25 °C g -;\-
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2007 Cell Heat
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Enthalpy Change (kW/ net kW of system)

Fig. 10. Composite curves for optimal Trer =709, R=4.
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Table 2

Input and output data of main units

Stream number #04 #05 #07 #09 #12 #14 #28

Temperature (°C) 709 709 539 237 406 80 80

Pressure (atm) 3 3 3 3 3 3 3

Mole flow (kmolh~!) 0.0367 0.0628 0.0628 0.0628 0.0658 0.0636 0.1749

Molar fraction
Hydrogen 0.0000 0.4860 0.5221 0.5921 0.5475 0.5666 0.0412
H,O 0.8000 0.2804 0.2443 0.1743 0.1844 0.1559 0.1559
Methane 0.0000 0.0256 0.0256 0.0256 0.0245 0.0253 0.0092
CcO 0.0000 0.1123 0.0763 0.0063 0.0000 0.0000 0.0000
Co, 0.0000 0.0957 0.1317 0.2017 0.1986 0.2056 0.0747
Ethanol 0.2000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000
Oxygen 0.0000 0.0000 0.0000 0.0000 0.0000 0.0000 0.0824
Nitrogen 0.0000 0.0000 0.0000 0.0000 0.0450 0.0466 0.6366

stream to the fuel cell system was preheated to its working 1300 4

temperature and also included. 1200 +

The net electric efficiency based on HHV is approximately 11004

35%. The remaining 65% is accounted for: dissipation as 1000 4

heat in the PEMFC cooling system (38%), energy in the flue 900 + R=4

gases (10%) and irreversibility in compression and expansion o 8004 T 709 °C

of gases. The tasks that demand more energy are vaporizing ‘o 7004

and reheating of the reactive mixture (0.79 kW), the reformer § 600+

reactor (0.41 kW) and the preheating of the exhaust gas to the qé 500

burner (0.67kW). These values represent the energy demand 2 400

— in kW — per net kW produced by the system. Pass #28 to 300

#29 requirement is comparatively high due to the more sig- 200 4

nificant flow rate of this stream because of the presence of 100 - - —Cold Composite

N>. ofF==-=—-—---- s Hot Composite

Of the needed energy to drive the FCS auxiliaries, mainly 00 05 10 15 20 25 30 35 40

pumps and blowers for water, ethanol, air and heat management,
the largest load is the air compressor (0.16 kW), which delivers
air to the cathode compartments of the stack and to the PrOx
reactor.

Fig. 11 compares the composite curves for two different
water-to-ethanol molar ratios. It shows the previously analyzed
case, corresponding to R=4 (maximum efficiency case), and
for R =10 at the same operating reforming temperature. As can

Enthalpy Change (kW/ net kW of system)

Fig. 11. Comparative composite curves for R=4 and R=10.

we see in Table 3, the extra water quantity increases an 80%
the energy demand in the evaporator, and a 33% the cold util-
ity. These changes move the composite curves producing a net
efficiency based on HHV of 31%.

Table 3
Heating and cooling demands for the system streams
Pass R=4 R=10

Input (°C) Output (°C) Q (kW) Input (°C) Output (°C) Q0 (kW)
#03—#04 (vaporizing) Cold 42 126 0.47 59 131 0.85
#03—#04 (reheater) Cold 127 709 0.32 131 709 0.50
#28—#29 Cold 80 500 0.67 80 500 0.65
#20-#21 Cold 25 300 0.01 25 300 0.05
#26—#27 Cold 116 300 0.00 116 300 0.00
Cold utility Cold 20 25 1.07 20 25 1.43
ESR duty Cold 709 709 0.41 709 709 0.38
#05—#06 Hot 709 500 0.13 709 500 0.20
#07—#08 Hot 539 150 0.23 522 150 0.34
#09—#10 Hot 237 237 0.00 174 237 0.06
#12-#13 Hot 406 80 0.23 244 80 0.51
#23-4#24 Hot 811 287 0.88 1065 278 1.37
#22-#23 Hot 1035 810 0.41 1267 1065 0.38
Q-PEM Hot 65 55 1.06 65 55 1.07
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Table 4

Effect of input temperatures of the clean-up system reactors

ey (%) Y (%) HTS (°C) LTS (°C) PrOx (°C) Tret (°C) R molar

38.3 349 500 150 237 709 4.0

38.3 349 500 150 150 704 3.8

38.8 353 350 150 237 709 3.6

38.8 353 350 150 150 709 3.6

39.3 35.8 150 150 150 714 33
Table 5

3.6. Effect of input temperatures of the clean-up system
reactors

In previous analyses, input temperatures to HTS, LTS and
PrOx reactors were fixed following the scheme proposed by
Little [12]. HTS and LTS units are modeled as equilibrium reac-
tors and in the PrOx the conversion is fixed. These units operate
at adiabatic conditions, so input temperature variation modifies
the output temperature. In addition, the CO conversion in the
WGS units is modified.

Table 4 shows the new values of operating reformer variables
that maximize the efficiency when the input temperatures of the
train of purification reactors are varied.

Some conditions of the temperature selected could be outside
the reasonable operating parameters and may change the struc-
ture of the processor; i.e. two stages of WG reactors operating at
150 °C imply two reactors of LTS. Besides, PrOx operating tem-
perature variation could vary the selectivity to burning hydrogen
(which is not accounted for in the model). However, the goal is
to analyze the sensitivity of the net system efficiency on the
input temperature without considering design aspects of each
reactor.

In the table, Trer and R represent the new optimal conditions
calculated for each case.

The variation of the input temperatures does not affect sensi-
tively the net efficiency of the system even though the operating
conditions of the reformer are modified. The net efficiency dif-
fers slightly. However, smaller molar optimal relations are found
when input reactor temperatures decrease.

3.7. Influence of the combustion preheating

The burner is fed with three streams: pure ethanol, air and
depleted gases from PEMFC. In the cases under study, the oxy-
gen from de cathode exhaust is enough to burn the fuel (Hp,
CHy, EtOL) in stoichiometric form. Consequently, there is no
need of extra air. These streams are previously heated (com-
bustion preheating) allowing a heat recover from below the
reforming temperature to make it available above the reforming
temperature.

In Table 5 efficiency values for several preheated temper-
atures of gases to burn are shown. The results reveal that by
increasing the input temperature of the burner the required
amount of additional fuel is reduced. Efficiency based on
HHYV is about 35% with preheating while it is 28% without
preheating.

Influence of the combustion preheating

T(°C) ey (%) nhey (%) Ethanol to burn (molh~")
80 30.4 27.7 2.15

200 323 294 1.62

300 34.0 31.0 1.17

400 36.1 32.8 0.71

500 38.3 34.9 0.25

600 383 34.9 025

700 38.3 34.9 0.25

3.8. Crude ethanol as reforming fuel

The fermentation broth produced from a fermentation process
contains approximately 12% (v/v) ethanol and other oxygenated
hydrocarbons, called crude ethanol [6]. In this section, this blend
is considered as feed to the processor. However, the fuel feeding
the burner was considered pure ethanol due to the lower heating
value of the crude ethanol.

The main advantage of this feedstock is to eliminate the large
amount of energy wasted during distillation to remove water
from fermentation broth in order to produce dry or pure ethanol.

The water-to-ethanol molar ratio for this mixture is R =20.
In Fig. 12, the effect of the reforming temperature on the net
efficiency of the system is shown. Because of the high water con-
tent, more energy is necessary in the vaporizer and reheat steps,
decreasing the maximum net efficiency to levels of n]l;ggl =27%

and nggsv = 24%. These levels are lower than those previously
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Fig. 12. Crude ethanol fuelling the reformer reactor.



J.A. Francesconi et al. / Journal of Power Sources 167 (2007) 151-161 161

Table 6
Influence of the turbine on the net efficiency of the system
ﬂlﬁgg (%) n?gs" (%) R TRrer (°C) Pcomp (kW) Prur (kW) Power stack (kW) Net power (kW)
Pryr=0 34.4 31.3 55 679 0.17 - 1.24 1
Prur=Pcomp 38.3 34.9 4.0 709 0.16 0.16 1.04 1
Prur < Pcomp 38.9 35.3 49 687 0.16 0.13 1.08 1
examined, but using crude ethanol allows circumventing the dis- Acknowledgements

tillation and drying steps. The energy saving of these steps is not
being considered in the present study. The ethanol processor can
be integrated with any existing ethanol production plant by plac-
ing it after the fermentation step but before the distillation and
drying stages.

3.9. Efficiency analysis without considered expander unit

In the previous sections the fuel cell system was analyzed
considering that the required compression work was balanced
with a turbine. The goal here is to study the effect on the net
efficiency when the expander unit is not present. Table 6 presents
the results obtained considering the following cases: without
turbine; work turbine matches the compression work; partial
work recuperation with the turbine. The second case was utilized
in all previous analyses considering extra ethanol burning to
balance both works. The last case considers that the turbine is
present, but when compression work is superior to the expander
unit, the difference is balanced by means of the fuel cell power.

This analysis shows that the best option is working with a par-
tial recovery of work. Net efficiency is slightly improved when
it is compared with total recovery, but the operating conditions
vary significantly.

4. Conclusions

A simulation model of a fuel cell system fuelled by ethanol
has been built-up to analyze the process performance for sta-
tionary or mobile applications. The heat exchanger network
was implemented using the LNG HYSYS unit, which allows
analyzing the system energy integration by the process inte-
gration method. This approach proves to be very interesting
in order to study the impact of the major decisions parameters
(water-to-ethanol molar ratio, reforming temperature).

Total system efficiencies up to 35% based on HHV were
computed considering methane as intermediate in the reformer
unit. When not considering the methane like intermediary, the
efficiency of the system would not be improved, but the operating
temperature of the reactor is reduced.

An efficient ethanol processor depends on the operating con-
ditions of the reformer and their efficient energetic integration.
The influence of several variables was simulated and discussed
showing the capability of the model to evaluate alternative
reforming configurations and operating conditions.

This preliminary analysis will be used to design the HEN
system and perform a more accurate optimization in order to
synthesize the process network.

The authors want to acknowledge the financial support from
CONICET (Consejo Nacional de Investigaciones Cientificas
y Técnicas), ANPCYT (Agencia Nacional de Promocién
Cientifica y Técnica) from Argentina.
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